
Polymerization of Olefins Through 
Heterogeneous Catalysis- 

V. Gas-Liquid Mass Transfer Limitations 
in Liquid Slurry Reactors 

S. FLOYD,* R.A. HUTCHINSON, and W. H. RAY, Department of 
Chemical Engineering, University of Wisconsin, Madison, 

Wisconsin 53706 

Synopsis 

Many processes for polymerization of olefins employ laboratory, pilot plant, or full-scale 
liquid-phase polymerization reactors with monomer introduced as a gas. Criteria for the presence 
of gas-liquid mass transfer resistance in these systems are determined in terms of observed 
reaction rate or loading of a heterogeneous catalyst of given intrinsic activity. The effects of 
variables such as reactor size and configuration, temperature, and soluble polymer are also 
examined. The equilibrium monomer concentrations of ethylene in hexane and propylene in 
heptane are calculated through a modified Benedict-Webb-Rubin equation, and some calculations 
for ethylene-propylene mixtures are tabulated. The general methodology for predicting gas-liquid 
mass transfer resistance is readily extendible to copolymerization systems. 

INTRODUCTION 

In many polymerization reactors, the monomer is introduced as a gas which 
must dissolve in the continuous liquid phase before participating in the 
polymerization. Some advantages of this mode of operation are high 
space-time yield and good temperature control.' However, if the rate of 
polymerization is sufficiently fast, gas-liquid mass transfer can become the 
rate-limiting step. In this case, catalyst-intrinsic activities will be disguised by 
this mass transfer limitation. Thus, to insure consistency of laboratory, pilot 
plant, and industrial scale kinetic data, it  is essential to estimate the effect of 
gas-liquid mass transfer on the observed polymerization behavior. 

Some recent  review^^,^ contain much useful information for the design of 
three-phase slurry reactors. In particular, if the energy required for solids 
suspension is small, many of the principles for the design of gas-liquid reactors 
will be directly applicable. In the present paper, we shall specifically deal with 
ethylene and propylene polymerization in liquid slurry. However, the correla- 
tions and methodology readily apply to other suspension polymerization 
systems as well as more general polymerization reactors, for example, emul- 
sion polymerization reactors where the monomer is fed as a gas. Experimen- 
tally, it is possible to establish the presence of a gas-liquid mass transfer 
resistance for a given catalyst loading simply by changing the agitation rate. 
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By means of a reciprocal plot of polymerization rate versus loading, the mass 
transfer resistance can be determined, and through appropriate corrections, 
the true kinetic parameters can be ~ b t a i n e d . ~ , ~ ,  However, the motivation for 
the present work is to provide the researcher with a means of estimating a 
priori the m a s  transfer resistance a t  a given loading or observed rate. This 
should be of use in choosing catalyst loadings at  each stage of development 
and aid reactor design, eliminating the necessity for costly trial and error 
experiments. In addition, the results will be useful in interpreting existing 
kinetic data-in order to estimate the likely effect of mass transfer limitations 
on the reported results. 

To illustrate the results, we shall choose as practical examples three 
common types of reactor: (i) a glass reactor of a type used for kinetic testing 
in the laborat~ry,~?'  operating at  or near atmospheric pressure and relying on 
a magnetic stir-bar for agitation, (ii) a half-gallon pilot plant reactor, operat- 
ing a t  7-15 atm, with or without sparged gas, and finally (iii) a full-scale 
industrial reactor of 20,000 gallons, operating at 15-35 atm. We will derive 
and present relations for gas-liquid mass transfer resistance which are inde- 
pendent of the catalyst system. However, some results will also be presented 
for catalyst systems of specific activity. The symbols which will be used 
throughout this paper are defined in the Appendix. 

GAS-LIQUID MASS TRANSFER CORRELATIONS 

In this section, we shall consider the prediction of mass transfer rates under 
specific operating conditions. Estimation of the mass transfer resistance re- 
quires knowledge of the equilibrium solubility of monomer in the bulk liquid, 
M,, as well as the volumetric mass transfer coefficient k,a, which is the 
product of the liquid side mass transfer coefficient k, ,  and the interfacial area 
of gas per unit volume, a. For monomer gas present in high concentration, 
there is negligible gas side mass transfer resistance, and the degree of mixing 
of the gas phase is not a consideration. Complete mixing in the liquid phase 
will be assumed, although this is not always achieved for large reactors or 
liquids of high v i s c o ~ i t y . ~ ~ ' ~  With k,a and Mq known, the mass transfer 
resistance may be calculated for an observed volumetric polymerization rate 
R vob [mol/L/h]. Thus, a quasi-steady-state material balance yields 

or rearranging 

If we recall that for a given catalyst with specific observed activity, k,,, 
[L/g-cat/h] and loading W [g-cat/L] the observed reaction rate per unit 
volume of reactor Rvob [mol monomer converted/L.h] is 

Rvob = k,,,WMb = RobW/MW (3) 

where Rob = k,,,M,MW is the observed production rate of the catalyst 
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(g-pol/g-cat.h), and k, ,  is the catalyst activity which includes particle mass 

transfer limitations, i.e.; kcat = - q overall. Similarly the “ideal” volumet- 

ric reaction rate (in the absence of any gas-liquid mass transfer resistance) is 

k,,C * 
P C  

where Rid = kcatMqMW is the ideal production rate of the catalyst (g-pol/ 
g-cat.h). 

Hence, 

Note that Eq. (2) provides a prediction of the mass transfer resistance for a 
given observed polymerization rate, while Eq. (5) yields the relative rates of 
polymerization under actual vs. ideal conditions for a given catalyst and 
loading. 

In the literature, a number of correlations are available for k,a ,  and also for 
k ,  and a individually. The interfacial area a is related to the gas holdup H ,  
and the mean bubble diameter d ,  through the relationshipg 

where one may use correlations for d,. Actually, both the bubble diameter 
and the interfacial area are a function of the distance from the impeller. This 
is because the energy dissipation in the reactor is not uniform.” Thus, 
disintegration occurs at the impeller, while coalescence takes place far 
away.”-13 For this reason, the average interfacial area decreases with tank 
height, when H/D, > 10. However, for the reactors considered here, H/D, - 
1. Hence, the interfacial area will be considered as uniform throughout the 
reactor. It is important to note that most correlations have been derived for 
sparged, agitated tanks and aqueous media. Hence, the applicability of these 
correlations to olefin polymerization must be carefully examined. In two 
recent reviews, G~llakota’~ and Van’t Rietg stated that the most important 
variables determining kea  in mixing vessels are the power per unit volume 
(P/v), the superficial gas velocity (us) ,  the ionic strength, the solution 
viscosity, and the surface tension. However, the impact of these variables may 
be very different for different systems, geometries, and ranges of the 
~ariables.~.  12, 15-17 For instance, P/V is an important parameter when H/D, 
< 2, but for large H/D,, it becomes relatively ~nimportant .~ A t  the same 
P/V, the stirrer type and even the number of stirrers is frequently unim- 
portant. The simplest correlations for k,a involve only power per unit volume 
and the superficial gas velocity, but these correlations will be rejected because 
they are applicable only for the specific systems for which they were derived 
(usually the air-water system). More general correlations for kea in sparged, 
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agitated systems are those of Yagi and Yoshida" 

and Judat: 

F2 = [ DT/DI + 0.0396( DT/DI)'] 5/3 (8b) 

In these correlations, P/V does not appear directly, but enters through N, the 
agitation rate. For k, ,  in sparged, agitated vessels, Calderbanklg has given a 
correlation: 

which is applicable to bubbles of greater than 2mm diameter. Most workers 
appear to agree that such bubbles are formed in aeration of pure  liquid^,'^,^^-^^ 
while small bubbles occur in electrolyte ~olutions.~~ 1 4 9  15*19.  However, traces of 
surface-active compounds can result in a reduction in bubble size,20 and 
increase in surface area.22 For the interfacial area, Calderbank2' presents a 
correlation 

which is applicable a t  relatively low agitation rates. For higher agitation rates, 
specifically, for 

a correction for surface aeration is required. This correction was approxi- 
mated2' as 

At high agitation rates, (12) can lead to increases in the interfacial area by a 
factor of 2 or more, so surface aeration is not a small effect.Ig 

While the above correlations are applicable to sparged reactors, here, we are 
also concerned with unsparged vessels. Unfortunately, no sufficiently general 
correlation for k,a appears to have been proposed for these. Hence, we must 
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resort to a correlation for k ,  for a free surface, in conjunction with an 
assumed liquid surface area. For a free surface, Kozinski and King24 presented 
a semitheoretical correlation 

1/4 1/4 

k , =  0.251 ;) ($) Sck3l4 

(c.g.s. units) which was found to agree to within an order of magnitude with 
the data of several early works. However, they suggest that a significant 
correction for bubble entrainment to the area of the main free surface is 
necessary in order to harmonize this correlation with the k,a values they 
obtained experimentally. Calderbank2' has presented a very similar correla- 
tion, but i t  seems to have been verified only for solid-liquid and liquid-liquid 
systems. 

1/4 1/4 

k ,=  0.131 (2)  SC;~/~ 

This can also be expressed as23 

Equation (15) was used by Brockmeier and Rogan,' fixing the value of Np a t  
0.364, applicable to the turbulent region. However, it seem reasonable to 
assume that a correlation for k e  for a solid-liquid system might be somewhat 
conservative for a gas-liquid system, in which surface oscillations could lead to 
increased mass transfer.25 Hence, in place of (14), the theoretically derived 
correlation of Lamont and 

1/4 1/4 

k , =  0.41 :) (2)  Sc-'l2 

would seem more appropriate. This correlation is very similar to (13) and (14), 
but has a leading coefficient of 0.4 and a Schmidt exponent of - 1/2, and thus 
predicts higher ke  values. All these correlations display a dependence on a 1/4 
power of the power input, suggesting that the turbulence of the liquid (surface 
renewal) is indeed important. Other workers found that k ,  in unsparged 
vessels depends on the agitation rate with an exponent of roughly 114,26t~ as 
high as Russian investigators have found an exponent of 2.5 for the 
oxygen transfer rate in a surface aerator.28 For the area of contact between 
gas and liquid in unsparged systems, the contribution due to formation of a 
vortex was considered. For this purpose, an approximate relation presented by 
T ~ a o ~ ~  

H,/H = 2.5 x 1 0 - 3 ~ ~  (17) 

was used to estimate the vortex depth, and a correction was made to the area 
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of the main free interface assuming a vortex of parabolic shape. This correc- 
tion caused the surface area to approximately double between 300 and lo00 
rpm. In summary, the equations chosen for the determination of the mass 
transfer resistance were Eqs. (7), (8) and a combination of (9) with (10)-(12) 
for sparged vessels, and Eqs. (16) and (17) for unsparged vessels. 

Some additional assumptions peculiar to the present problem will now be 
discussed. All of the correlations selected above are for two-phase (gas-liquid) 
systems, not slurries. Hence, the question of the effect of solids on the 
individual fluid properties, as well as the mass transfer coefficients, obviously 
arises. Fortunately, for moderate solids concentrations (up to around 30 wt%),, 
the effects on k,a do not appear to be prono~nced . '*~~~ Some 
have shown that k ,  or k,a increases slightly (10-20%) with the presence of 
small amounts of solids. This might be due to breakup of bubbles by particles, 
resulting in higher surface area.33 However, a t  solids concentrations above 
30-40% ,14*30-34 the interfacial area in sparged vessels decreases considerably. 
It has also been observed that for non-Newtonian fluids, gas dispersion near 
the impeller is reduced considerably compared to Newtonian fluids. l6 Reichert 
and Michael34 have studied the polymerization of ethylene in a bubble 
column reactor and report k,a values which decrease at  above 20 wt% solids. 
At 30wt% solids, the decrease amounts to roughly 20% of the low-solids limit 
of k,a.  According to one report,'* the negative effect on k,a is considerably 
more pronounced for particles of large size (200-500pm) than for small 
particles (< 100 pm). However, other workers" report that particles with a 
bimodal distribution behave similarly to those with a unimodal distribution 
with the same dp. The decrease in k,a is related to an increase in viscosity,3o 
and k,a only decreases severely when the relative viscosity, ps /pe ,  is above 
5.31,32 Since the solids are not inert but actually react with the gas, the 
possibility of enhancement of the mass transfer rate also exists. This was 
investigated by Alper et a1.,32*35 who found that for very small, reactive 
particles, enhancement may indeed be observed. However, enhancement is 
only significant when the concentration of dissolved gas is very small com- 
pared to the equilibrium concentration, that is, M , / M ,  << 1, or when the 
reactive particles are less than 10 pm in size.32 Thus, when predicting the 
onset of mass transfer resistance, enhancement would not affect the results. 
The effects of k,a discussed above are not easily quantified, and in this study, 
no explicit correction for solids was made to the correlations themselves, 
although the effect of solids in the slurry viscosity was considered. Industrial 
slurry processes employ solids concentrations of around 35% , lo and high solids 
concentrations may also be attained in semibatch operation.R The mass 
transfer coefficients predicted by the correlations employed here will be less 
accurate above 30% solids. 

Another point concerns the calculation of power per unit volume which 
appears in Eqs. (10) and (16). This is determined using the standard power 
number correlations of Rushton and co-workers,:36 with the following assump- 
tions. For the lab reactor, the correlation for a six-bladed turbine in an 
unbaffled vessel was used (Figure 15-5 in Ref. 36) to obtain Np the power 
number. Because data suggest that a two-bladed turbine yields roughly half 
the power of a six-bladed the Np value was halved in order to 
correspond better to a magnetic stir bar. This yields a seemingly reasonable 
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value for Np in the turbulent region of around 0.5, which is slightly higher 
than the value of 0.364 employed by Brockmeier. For the pilot plant and 
industrial reactors, the correlation for a six-bladed turbine in a baffled vessel 
was used (Figure 15-6 in Ref. 36). 

For sparged systems, the power for a given agitation rate is less than the 
power for an ungassed system, and for the prediction of gassed power the 
correlation due to Michel and Miller% (here converted to c.g.s. units), 

has been considered reliable. The effect of higher than atmospheric pressures 
should also be considered. Sridhar and Potter21 find the effect of increased gas 
density to be an increase in the holdup. For example, increasing the pressure 
from atmospheric to around 10 atm led to an increase in holdup from 20 to 
30%. In addition, the bubble diameter decreased, but d, (in cyclohexane) still 
remained above the 2 mm range. These workers correlated the interfacial area 
by modifying Calderbank's correlation, Eq. (5), to include the total energy 
dissipated in the system. Their multiplicative correction to the interfacial area 
is given as 

where P, the total power, is given as the sum of Pg, the gassed power (as 
determined above), Pk, the kinetic power of the gas, and P,, the power due to 
expansion of the sparged gas and pa is the density of air under the conditions 
of the system. These workers investigated a wide range of conditions (24-150°C 
and 1-10 atm), in a pilot plant reactor. Hence, their correction should be 
applicable to the conditions considered here, and (18) will be applied to all the 
correlations for sparged reactors. 

A final consideration is the minimum agitation rate required for suspension 
of the solids. The agitation rate a t  which the particles are just suspended is of 
paramount importance, the criteria being that no particle resides a t  the 
reactor bottom for longer that 1-2 s2,10,11,20 This agitation rate is given by 
Zweiterung's relation2 

Here, the largest particle size which represents a significant fraction should be 
used for d,." 

The Calculation Procedure 

Having discussed the correlations and assumptions which are applicable to 
the system, their implementation in our gas-liquid mass transfer calculations 
will now be discussed. To simulate currently relevant catalysts, catalyst 
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activities corresponding to the following systems for polymerization of pro- 
pylene were assumed: 

(a) Stauffer AA with DEAC ( -  250 g/g-cat.h) 
(b) Stauffer AA with TEA ( -  500 g/g-cat.h) 
(c) Solvay catalyst ( -  1500 g/g-cat.h) 
(d) Montedison catalyst ( -  5500 g/g-cat.h) 

where the approximate yields a t  7 atm and 70°C are given in 
An arbitrary catalyst activity was also considered. For the ethylene poly- 
merization system, the diluent was chosen as hexane and the calculations were 
performed for 3,5,7,10, and 35 atm, a t  80°C. The above catalysts’ activity for 
ethylene polymerization at  80°C was assumed to be ten times that for 
propylene polymerization. For propylene polymerization, the diluent is heptane 
and the conditions selected were 1, 5, 7, 10, and 15 atm at  30, 50, 70, and 90°C. 
The main problem in using the correlations for k ,a  is the determination of 
the requisite physical properties. In particular, it is important to distinguish 
between the properties of the slurry and the solution (diluent plus soluble 
polymer). The slurry properties reflect the presence of the solids (growing 
polymer particles) and are “seen” by the impeller.33 On the other hand, the 
properties “seen” by the gas bubbles are considered to be the properties of the 
solution. Hence, in the correlations for k ,a ,  the properties of the slurry will be 
used only for determining the power per unit volume, that is, in the Reynolds 
and Froude numbers, but not in the Schmidt number. The solution viscosity 
for propylene polymerization takes into account the presence of soluble 
polymer. Unless otherwise noted, soluble polymer was assumed to be 10% of 
the total polypropylene produced. The solution viscosity is related to that of 
pure diluent via the Martin equation 

where [q] is the intrinsic viscosity for soluble polymer and k ,  is the Huggins 
constant. For polypropylene in heptane, reasonable values of 0.43 for [ q ]  and 
0.63 for k H  were used. For polyethylene, it was not possible to estimate either 
these properties or the amount of soluble polymer. Hence, the pure diluent 
viscosity was employed in the correlations, in place of the solution viscosity. 
To get the slurry-viscosity, 

was used, as suggested by 

Ford’s equation 

Brockmeier and Rogan.’ Here, @,. is the volume - . . ”  
fraction of polymer (soluble and insoluble) in the slurry. For semibatch 
operation @” was calculated assuming one houi’s reaction, while for continuous 
operation the steady state polymer concentration was assumed. 

The diffusivity of monomer in the diluent liquid is another physical param- 
eter which must be calculated, For this, the widely used Wilke-Chang correla- 
tion4’ was employed. Some caution is necessary in determining the ap- 
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propriate value of the viscosity to use in the correlation. Diffusion in polymer 
solutions is a complex topic, because the diffusivity for low-molecular weight 
solutes is a strong function of both temperature and polymer c~ncent ra t ion .~~ 
However, i t  can definitely be said from the literature that use of the apparent 
solution viscosity in the Wilke-Chang correlation leads to serious underestima- 
tion of the diffusion c ~ e f f i c i e n t . ~ ~ . ~ ~  Indeed, i t  has been reported that for some 
systems, the diffusion coefficient in polymer solutions is actually higher than 
in pure d i l ~ e n t . ~ ~  However, most experimental data indicate that for rela- 
tively low concentrations of soluble polymer (<  10wt%), the diffusion coeffi- 
cient varies by less than a factor of 2-3 from its value in pure solvent.46 In 
view of these uncertainties, i t  was considered preferable to use the pure 
diluent viscosity rather than the solution viscosity in the Wilke-Chang corre- 
lation, as recommended in Ref. 45. 

To calculate the equilibrium monomer concentration M,, a t  any gas phase 
condition, a program originally developed by T. W. Taylor and G. E. Mann47 
was modified to allow calculation of the vapor-liquid equilibria for ethylene 
and propylene in hexane or heptane. The densities and fugacity coefficients in 
the phases were determined by the Benedict-Webb-Rubin equation of state.48 
As recommended by O r ~ e , ~ '  a mixing-rule constant M was fit to available 
binary data. For ethylene in heptane, M = 2 gave an excellent fit to the 
extensive VLE data of Kay,50 while for ethylene in hexane, M = 1.9 gave an 
adequate fit for data taken a t  30-100°C by Zhuze et al.5' See Note Added in 
Proof preceding the References. The equilibrium concentrations obtained for 
ethylene in hexane and propylene in heptane are shown in Figures 1 and 2, 
respectively. 

The values of the physical properties and constants used to calculate the 
viscosity and diffusion coefficient, or used directly in the correlations for k !a, 
are listed in Table I. The dimensions of the three example reactors considered 
are shown in Table 11. Most calculations were performed for the range of rpm 
300-1000, because this is the region in which many reactors are operated, and 

' 0  10 20 30 40 SO 
P (atrn) 

Fig. 1. Equilibrium monomer concentration of ethylene in hexane calculated using Benedict- 
Webb-Rubin equation of state. 
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Fig. 2. Equilibrium monomer concentration of propylene in heptane calculated using 
Henedict-Webb-Rubin equation of state. 

TABLE I 
Physical Properties'-" ~ 59 

Property 

ne/heptane 

50°C 70°C 90°C 

Diluent 0.602 0.675 0.660 0.644 O.fi2.4 
Density p,, 

[g/cm,'l 
Diluent 0.184 0.365 0.296 0.252 0.216 

viscosity pLd 
CC.P.1 

Uiluent 
surface 
tension 
[dyn/cmI 

12.2 

Molar volume 48.9 
at normal BP  
[cm"/mol] 

density pp 

cg/cm3 1 

Polymer 0.96 

18.6 16.7 14.8 

68.8 

0.90 

13.9 

Additional data: Monomer gas densities at 3, 5, 7, 10, and 35 atm and 70°C for ethylene, 
calculated using Ideal Gas Law. At 1, 5,7, 10 and 15 atm and 30, 50, 70, and 90'C for propylene, 
obtained from Ref. 58. 

also because there are doubts as to the validity of any of the correlations at  
very low agitation rates.'2q53 

RESULTS 

Because gas-liquid mass transfer is very different in sparged and unsparged 
systems, these will be considered separately. Laboratory and pilot-scale reac- 
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TABLE I1 
Reactor Dimensions 

Lab 7.0 2.33 5.2 

Pilot 12.5 4.17 15.4 

Industrial 458 91.6 458 

(200 mL) 

(1/2 gal) 

A sparger orifice diameter of 5 mm was assumed for the pilot reactor. 

tors in which kinetic studies are performed are frequently unsparged reactors 
in which monomer gas is introduced over the agitated diluent. Industrial 
reactors may be sparged, unsparged, or may introduce monomer as a liquid. In 
the latter case, the problem of gas-liquid mass transfer is circumvented. 

Unsparged Systems 

To insure that the mass transfer correlations chosen are consistent with 
available data, comparisons with literature data for olefin pol-ymerization 
were sought. Several workers have detected gas-liquid mass transfer re- 
sistence, but detailed results are only available for a handful fo systems. In 
fact, the only complete data of polymerization rate against rpm were provided 
by Bohm.54 The results of simulation of the gas-liquid mass transfer resis- 
tance for his catalyst using Lamont and Scott's correlation are shown accom- 
panied by his data in Figure 3. Considering the reliability of the original 
correlation and the number of assumptions made, the agreement is surpris- 
ingly good. In fact, as subsequent figures will illustrate, i t  is not uncommon to 
have a residual mass transfer resistance of 5-10% even a t  the high stir rates 
employed by Bohm. While other workers do not show an explicit relationship 
between rpm and catalyst loading, the loading a t  which mass transfer re- 

&- .:::;I o - Data of Bohm 

(no &) 
d 

0.50 

0 200 400  800 800 1000 1200 1400 1600 

&- .:::;I o - Data of Bohm 

(no &) 
d 

0.50 

0 200 400  800 800 1000 1200 1400 1600 

o zoo 400 800 800 1000 1200 1400 1800 

N (rpm) 

Fig. 3. Comparison of correlation of Lamont and Scott for unsparged reactors with experimen- 
tal data of Bohm for ethylene polymerization in he~ane .5~  Catalyst activity: 3800 g/g-cat.h (no 
hydrogen), 2400 g/g-cat.h (with hydrogen). Catalyst loading = 0.0235 g-cat/L. 
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J . 
n 

5 - 
0 . 0  

sistence becomes significant was indicated for catalysts of known activity by 
Keii,4 and Berger and G r i e ~ e s o n . ~ ~  Berger and G r i e ~ e s o n ~ ~  employed a reactor 
with a vibrating stirrer for the polymerization of ethylene a t  40°C, using 
loadings of 0.15 and 0.9 g-cat/L. They found considerable diffusion resistance 
a t  the high loading, with the activity decreasing by a factor of two when the 
amplitude of the vibrator was reduced. Correcting their catalyst activity and 
simulating for a comparable situation (propylene polymerization in a pilot 
plant a t  50°C), i t  was found that around 7% mass transfer resistance would be 
anitcipated a t  the low loading at  200 rpm, while a t  the high loading the mass 
transfer resistance would be around 30% at  200 rpm decreasing to 6% a t  lo00 
rpm. Keii e t  al.4 varied the agitation rate in propylene polymerization with a 
decaying catalyst a t  4loC, employing catalyst loadings of 1 and 4 g-cat/L. 
Again, a t  the high loading gas-liquid mass transfer effects were detected. The 
observed rate was markedly lowered when the agitaiton rate was reduced to 
250 rpm. Simulating for their catalyst near the beginning of polymerization 
showed that around 10% mass transfer resistance would be anticipated at  the 
low loading a t  250 rpm, while a t  the high loading the mass transfer resistance 
would be around 50% at 250 rpm decreasing to around 16% at  lo00 rpm. Thus, 
in both of these cases, the simulations seem to be quite consistent with the 
actual observations, when the correlation of Lamont and Scott (15) with 
correction for vortex area (16) was employed. This is in contrast to the 
Calderbank correlation (14), which overestimated the gas-liquid mass transfer 
resistence. 

Having confirmed the applicability of Lamont and Scott's correlation for 
unsparged systems, some calculations of gas-liquid mass transfer resistance 
based on the observed rate of polymerization are presented next. Some results 
for ethylene polymerization are shown in Figures 4 and 5, while Figures 6 and 
7 are for propylene polymerization. Note that the observed rates, Rvobr would 
in principle depend on the intrinsic catalyst activity and the catalyst loading. 
Thus the indicated values of RVob could be obtained for any catalyst. Figures 
5 and 7 are calculated for lower reaction rates, to permit accurate determina- 

0 . 5  mol / l  hr _ _ _  1 moll( hr 
Lab R m c l o r ,  3 atm. - 2 mollt hr 

1 " " 1 " " I " " I " " I " " I " "  

0 0  

300 4 0 0  500 6 0 0  700 8 0 0  900 1000 

N (rprn) 

Fig. 4. Gas-liquid m a s  transfer resistance in ethylene polymerization a t  various observed 
polymerization rates. Lab reactor (3  atm) and pilot plant reactor (10 atm). Temp = 80°C. 
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0.1 mollf  hr 
Lab Reactor ,  3 atm. - 0.25 m o l l f  hr 

_ _ _  z 

0.90 , , , ,  , , , ,  , , , ,  , , , , l , , , , l a , , , l , , , ,  
300 4 0 0  5 0 0  600 7 0 0  800 900 1000 

0.25 m o l l f  hr 
0.5 rnolll hr 

Pilot Plant. 10 atm. - 1 mol/Z hr 
_ _ _  

1.00 

0 . 9 5 4  

300 4 0 0  500 600 700 800 900 1000 

N (rpm) 

Fig. 5. Gas-liquid mass transfer resistance in ethylene polymerization a t  various observed 
polymerization rates. Lab reactor (3 atm) and pilot plant reactor (10 atm). Temp = 80°C. 

tion of the catalyst loadings at  low levels of mass transfer resistence. For 
ethylene polymerization, one sees that the mass transfer resistance becomes 
significant a t  above a volumetric mass transfer rate of around 0.25 mol/L.h, 
for the lab reactor, or around 1 mol/L.h, for the pilot plant a t  10 atm. (Here, 
"significant" is taken to mean greater than 5% for some agitation rates 
commonly employed.) For propylene polymerization, mass transfer resistance 
becomes important a t  approximately 0.5 mol/L.h for a lab reactor a t  1 atm 
and 5 mol/L.h for a pilot plant a t  15 atm. In general, the gas-liquid mass 
transfer resistance is more severe for ethylene polymerization than for pro- 
pylene polymerization, a t  the same temperature and pressure. Although the 
k,a values in these systems are very similar, the difference arises due to the 
lower equilibrium monomer concentrations for ethylene, as evident from 
Figure 1 and Eq. (2). To determine a suitable loading for any type of catalyst, 
the researcher should first choose from the figures an acceptable level of mass 
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a L a b  R e a c t o r .  1 atm.  

0 4  , , , ,  
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- _ _  
0 4  

1 " " I " " I " " I " " I " " I " '  
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Fig. 6.  Gas-liquid mass transfer resistance in propylene polymerization at various observed 
polymerization rates. Lab reactor (1 atm) and pilot plant reactor (15 atm). Temp = 7OOC. 
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Fig. 7. Gas-liquid mass transfer resistance in propylene polymerization a t  various observed 
polymerization rates. Lab reactor (1 atm) and pilot plant reactor (15 atm). Temp = 70°C. 

transfer resistance, corresponding to a given volumetric mass transfer rate 
R,, [mol/L.h]. Knowing the ideal catalyst productivity a t  the pressure in 
the figure, Rid [g/g-cat/h], as defined in Eq. (4), and recalling the definition 
of R,, from Eq. (3), then 

the proper catalyst loading, W [g-cat/L] is given by 

where M b / M ,  is the level of mass transfer resistance that can be tolerated. 
This loading is relatively insensitive to pressure changes, because the poly- 
merization rates and the monomer concentrations are both roughly propor- 
tional to the pressure. Thus, for a given reactor type, the loading determined 
can be used over the full range of operation. We illustrate with an example. 

Example 1. A catalyst for propylene polymerization produced 200 g/g-cat 
in a one-hour reaction in a laboratory glass bottle reactor a t  70°C and 
atmospheric pressure. The catalyst loading was 0.03 g-cat/L and the stirring 
rate was 500 rpm. Let us calculate the loading for this catalyst in a pilot plant 
a t  70°C and 15 atm, a t  the same stirring rate, where i t  is desired that 
M,/M,  > 0.95. 

First, check for mass transfer resistance a t  the original laboratory condi- 
tions. At 1 atm and 70°C the catalyst productivity was found to be 

Rob  = 200 g/g-cat.h. 

With a loading of 0.03 g-cat/L, the observed average volumetric rate is 

200 X 0.03 
42 Rvob = RobW/MW = = 0.143 mol/L.h 
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From Figure 7 (top) we see that there is less than a 4% rate reduction due to 
gas-liquid mass transfer resistance. Hence Rob - Rid for the lab reactor. To 
scale up the pilot-plant reactor a t  the higher pressure, we note from Figure 2 
that the equilibrium monomer concentrations at  70°C and 1 and 15 atm are 
0.162 and 4.54 mol/L, respectively. Thus, the ideal catalyst productivity a t  15 
atm is 

4.54 
0.162 

Rid = 200 x - = 5605 g/g-cat .h 

From Figure 7 (bottom) for Mb/M, > 0.95 at  500 rpm, Rvoh z 3 mol/L.h is 
the critical observed rate. Using Eq. (24), we obtain the maximum loading for 
less than 5% gas-liquid mass transfer rate reduction as 

= 0.024 g-cat/L 3(42) 
(5605)(0.95) 

W =  

In this case, the loading used in the laboratory reactor must be decreased by 
- 20% for the pilot plant. This example also illustrates that in selecting a 
catalyst loading, a compromise between high reaction rate and the tolerable 
mass transfer resistance must usually be reached. To make the mass transfer 
resistance truly negligible, one would have to use very small amounts of 
catalyst. Thus, under normal operating conditions where high productivity is 
desired, it will not be uncommon to have a mass transfer resistance of 5-lo%, 
that is, Mb/Mq = 0.90-0.95, in agreement with the conclusion reached by 
Brochieier and Rogan8 

Example 2. The second example will illustrate that assuming that the same 
loading will be valid on scaleup can sometimes be dangerous. We consider a 
new high activity catalyst for propylene polymerization which is currently 
being tested in an atmospheric pressure lab reactor a t  50°C and 500 rpm. The 
catalyst activity was 240 g/g-cat.h under these conditions. I t  is desired to 
scale up to a pilot-plant reactor operating at  15 atm, 500 rpm, and 90°C to 
gain kinetic and polymer property data. In the lab reactor, the current loading 
of 0.03 g-cat/L indicates an observed volumetric reaction rate of 

Rvob = 240 X 0.03/42 = 0.17 mol/L.h 

Assuming the observed rate is equal to the ideal rate, Figure 7 shows that a t  
the agitation rate of 500 rpm Mb/h4, > 0.95 at  70°C. At 50"C, there will be 
less mass transfer resistance. However, for the pilot plant a t  90°C ( M b  = 3.1 
mol/L), the catalyst activity would be - 18250 g/g-cat.h, assuming an 
activation energy of 12 kcal/mol. Then, at the same loading, the ideal 
volumetric rate would be 

Rvid = 18250 X 0.03/42 = 13.0mol/L.h 

and from Figure 6 (bottom), there would be a very significant mass transfer 
resistance. The program calculations indicate that the mass transfer resistance 
would be over 50% at  300 rpm, and around 10% even a t  lo00 rpm. This is 
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clearly unacceptable for kinetic studies. Since we are limited to lo00 rpm in 
this particular pilot plant, we must go to a lower loading. For a loading of 
0.006 g-cat/L, the ideal rate would be - 2.6 mol/L.h, and from Figure 7 
(bottom) this appears to be a safe loading. Detailed calculations for 90°C 
indicate that there is actually less than 4% mass transfer resistance at  500 rpm 
with this reduced catalyst loading. The difference between this example and 
the previous one is the change in temperature between the reactors, leading to 
an increase in intrinsic rate by a factor of 7.8 between 50 and 90°C. Clearly, in 
this common situation, the assumption that the same catalyst loading may be 
employed is very poor. The effect of temperature on gas-liquid mass transfer 
will be discussed in more detail below. 

One of the most important reactor variables is the temperature. Sometimes 
polymerizations in the lab are carried out a t  relatively low temperatures of 
3O-5O0C, but most pilot work is done at  or near the temperatures in industrial 
reactors, e.g., 60-90°C. The effect of temperature on gas-liquid mass transfer 
was calculated for propylene polymerization a t  a constant observed rate 
(Rvob). The results are illustrated in Figure 8 for a lab reactor a t  1 atm, and 
Figure 9 for a pilot plant a t  7 atm. In both cases, k,a increase as the 
temperature is raised, but this increase is offset by a decrease in solubility of 
the monomer (see Fig. 2), so that gas-liquid mass transfer resistence is actually 
more severe at the higher temperatures even when there is no change in 
reaction rate with temperature. Hence, Figures 4-7 will be conservative for 
low polymerization temperatures, but for propylene polymerization a t  temper- 
atures significantly higher than 70°C or ethylene polymerization a t  tempera- 
tures significantly higher than 80"C, these figures will underestimate the mass 
transfer resistance. 

In the lab reactor, the k,a values range from around 0.005 spl a t  300 rpm 
to 0.02 s-l at lo00 rpm (Fig. 8). In the pilot plant, the corresponding values 
are 0.002-0.015 s-l (Fig. 9), and for an industrial reactor with a 40% solids 
loading, the values range from 4 X s-l  (Fig. 10). The trend 
toward smaller k,a values as the reactor size increases is illustrated more 

to 2 X 
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Fig. 8. Effect of temperature on gas-liquid mass transfer resistance. Propylene polymerization 
in lab reactor at 1 atm pressure. Observed rate of polymerization R,,, = 1 mol/L.h. 
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Fig. 9. Effect of the temperature on gas-liquid mass transfer reisitance. Propylene polymeriza- 
tion in pilot plant reactor at 7 atm pressure. Observed rate of polymerization Rvob = 10 mol/L.h. 

clearly in Figure 11, for a polymerization with a Solvay-type catalyst a t  5 atm 
and 70°C. The decrease in k,a as reactor size increases (in the absence of 
sparging) is due to the fact that the free surface per unit volume ( a  = A/V) is 
roughly proportional to 1/H. The increase in power per unit volume required 
to maintain the same agitation rate, shown in Figure 12, is insufficient to 
offset this decrease in A/V as the reactor becomes larger. While the power 
consumption is not significant for lab or pilot-plant reactors, it  can easily 
reach an order of 100 kW/m3 for industrial reactors (Fig. 12). Hence, the high 
rpm's which are commonly employed a t  the pilot stage may be prohibited in 
the industrial case. This is, of course, because of the large impeller diameter 
for the industrial reactor ( P / V  is proportional to N3D; in the turbulent 
region, where N,, is constant). However, the impeller diameter cannot be made 
very small, because this may result in imperfect solids suspension, a highly 
undesirable condition. The design of a large reactor should attempt to maxi- 
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Fig. 10. Gas-liquid mass transfer resistance in an industrial reactor. Propylene slurry 
polymerization at observed polymerization rates, solids loading = 40 wt&. 
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mize surface aeration, for instance by locating an additional impeller near the 
liquid ~ u r f a c e , ' ~ ? ~ ~ * ~ ~  and by having H / D ,  relatively small. A self-inducing 
impeller might also be used.17 If this still results in inadequate transfer rates, 
i t  may be necessary to employ a more effective method of introducing 
monomer to the reactor. This can be accomplished by sparging (see next 
section), or by liquifying the monomer and dispersing it as liquid. 

While these qualitative trends for the industrial reactor are considered 
correct, the calculated mass transfer resistance is probably not as accurate as 
that  for the smaller reactors. This is because industrial reactors routinely 
operate a t  a higher solids loading of around & = 0.4 (against & < 0.25 for 
lab and pilot scale) when the catalyst loading is suitably low. In this region, 
the slurry is likely to behave as a non-Newtonian fluid,s6 and the mass 
transfer correlations may not be truly applicable. As mentioned earlier, high 
solids concentrations are expected to reduce the value of k,a considerably, 
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Fig. 12. Power consumption ia industrial reactor for propylene slurry polymerization a t  a 
solids content of 40 wt%. 
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Fig. 13. Gas-liquid mass transfer resistance in propylene polymerization in an industrial 
reactor at various solids contents. Observed rate of polymerization Rvob = 5 mol/L.h. 

but as shown in Figure 13, this effect is not predicted adequately with the 
correlations used here. The effect of high solids concentrations on k,a should 
also be kept in mind when long polymerization times are employed in 
laboratory reactors or pilot plants. 

Although the calculations for observed polymerization rate, presented in 
Figures 4-7, should be most useful to researchers in predicting the “safe” 
loading regime for their catalysts, some calculations for specific catalyst 
systems were also performed. For Stauffer AA type catalyst with DEAC3’ as 
cocatalyst for propylene polymerization in a lab reactor a t  70°C ( R i d  - 150 
g/g-cat.h), as employed by Yuan et al.’ and Brockmeier and Rogan,’ the 
catalyst may be loaded up to around 0.5 g-cat/L (Fig. 14). For Solvay 
catalyst40 in a pilot plant operating at  around 7 atm and 70°C ( R i d  - 1500 
g/g-cat.h) the loading should be less than about 0.05 g-cat/L for less than 5% 
mass transfer resistance at 500 rpm (Fig. 15), and for Montedison catalyst41 

Lab Reactor. 5 alm. 

0 . 0 0  

300 400  500 600 700  800 900 1000 

1.0 

0 

5 o‘8 a 
-w-2 g - c a t l l  

0.6 ,,,, , , , , I , , , ,  , , , ,  ,,,, ,,,, , , , ,  
300 400 500 6 0 0  700 800 900  1000 

N (rpm) 

Fig. 14. Gas-liquid mass transfer resistance for propylene polymerization over Stauffer cata- 
lyst:’9 with diethylaluminum chloride cocatalyst a t  various catalyst loadings. Lab reactor a t  5 
atm. 
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Fig. 15. Gas-liquid mass transfer resistance for propylene polymerization over Solvay-type 
catalyst4' at various catalyst loadings. Pilot plant reactor at 7 atm. 

(Rid - 5500 g/g-cat.h) in a pilot plant a t  7 atm and 70°C, the critical loading 
is around 0.015 g-cat/L (Fig. 16). As mentioned above, the operating pressure 
has a relatively small effect on these results, but the safe loading is strongly 
affected by the temperature because of the activation energy for polymeriza- 
tion and the reduced monomer solubility a t  higher temperatures. This effect is 
illustrated for the Montedison catalyst in Figure 17, with an assumed activa- 
tion energy of 15 kcal/mol. The loading of 0.05 g-cat/L is tolerable a t  
3O-5O0C, but a t  higher temperatures, gas-liquid mass transfer resistance 
becomes severe. The amount of soluble polymer can also have a major 
influence on K,a, and hence the gas-liquid mass transfer resistance. All of the 
preceding calculations were made assuming 10% soluble polymer for propylene 
polymerization and no solubles for ethylene polymerization. This is considered 
reasonable, since most catalysts of industrial interest today produce very 
small amounts of soluble polymer. However, for larger amounts of soluble 
polymer the mass transfer effects can be significant. This is illustrated in 
Figure 18 for Stauffer AA catalyst with tetraethylene ammonium (TEA) as 
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Fig. 16. Gas-liquid mass transfer resistance for4' propylene polymerization over Montedison- 
type catalyst at various catalyst loadings. Pilot plant reactor at 7 atm. 
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Fig. 17. Effect of temperature on gas-liquid mass transfer resistance in propylene polymeriza- 
tion over Montedison-type ca t a ly~ t .~ '  Catalyst loading = 0.05 g-cat/L. Pilot plant reactor a t  7 
a tm and various temperatures. 
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Fig. 18. Effect of soluble polymer on gas-liquid mass transfer resistance in propylene polymeri- 
zation over Stauffer catalyst3' with triethylaluminum as cocatalyst. Catalyst loading = 0.5 
g-cat/L, pilot plant reactor a t  7 atm. 

cocatalyst, a system which does in fact produce rather large amounts of 
atactic material.39 A variation in isotactic index (11) from 90 to 50% can result 
in a decrease in k,a by an order of magnitude, so that the gas-liquid mass 
transfer resistence becomes severe. 

Sparged Systems 

In contrast to unsparged systems, there is no data available for direct 
comparison for sparged stirred reactors. In the absence of such data, the three 
correlations for k,a for sparged systems [Eqs. (6)-(ll)] were compared, as an 
indication of their usefulness. The results are illustrated for a ges recycle ratio 
of R = 2 in Figure 19, and for R = 10 in Figure 20, for a situation which is 
mass transfer limited. These recycle ratios correspond to superficial gas 
velocities of 0.30 cm/s and 1.26 cm/s, respectively, which fall within the range 
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Fig. 19. Gas-liquid mass transfer resistance in polymerization of ethylene in a sparged pilot 
plant reactor. Comparison of correlations of Yagi and Yoshida, Calderbank and Judat for k,a. 
Observed rate of polymerization R,,, = 10 mol/L.h, monomer recycle ratio = 2, superficial gas 
velocity = 0.30 cm/s. 

that has commonly been From these figures it may be seen that 
there is generally better agreement between the correlations for k,a at  low 
rpm. Note that, Judat's correlation'* is the most conservative, while Yagi and 
Yoshida's correlation'6 is the least conservative. Since Judat's correlation is 
the most recent and incorporates the greatest amount of data (including the 
data of Calderbank), it may be considered the most reliable. Hence, we shall 
use Judat's correlation for our analysis. 

I t  was noted above that unsparged reactors of industrial size are most likely 
to suffer from gas-liquid mass transfer resistance. In the case of ethylene 
polymerization, the monomer is not readily liquified, and hence sparging 
might be the method of choice for increasing the interfacial area in industrial 
slurry systems. For this reason, all the calculations for sparged reactors were 
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Fig. 20. Gas-liquid mass transfer resistance in polymerization of ethylene in a sparged pilot 
plant reactor. Comparison of correlations of Yagi and Yoshida, Calderbank and Judat for k,a.  
Observed rate of polymerization R,,,b = 10 mol/L.h, monomer recycle ratio = 10, superficial gas 
velocity = 1.26 cm/s. 
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Fig. 21. Gas-liquid mass transfer resistance in polymerization of ethylene. Effect of sparging. 
Pilot plant reactor at 10 atm. Observed rate of polymerization R,,, = 10 mol/L.h. Correlation of 
Judat  was used for sparged reactors, correlation of Lamont and Scott was used for unsparged 
reactors. 

performed for ethylene polymerization, despite a lack of knowledge about the 
amount of soluble polymer in the ethylene polymerization system. Figure 21 
illustrates that  sparging is capable of increasing k,a by about an order of 
magnitude. Thus, sparging may practically eliminate the gas-liquid mass 
transfer resistance at  close to critical loadings, as shown experimentally for 
polymerization in a bubble column by Reichert and Michael.34 These authors 
found k,a values from 0.01 s-l a t  low superficial gas velocities (us = 1 cm/s), 
increasing to  around 0.08 s at us = 9 cm/s. Figure 21 shows that for both 
sparging and agitation, with 300 rpm agitation, k,a is approximately 0.065' 
and with lo00 rpm agitation, k,a = 0.15 s-l for u = 1.26 cm/s. This com- 
parison indicates that introduction of sparged gas alone is considerably less 
effective than sparging coupled with agitation. Of course, the benefit of 
sparging must be weighed against the increased power requirement and 
system complexity demanded. Note also, from Figure 21 that significant 
benefits may be realized a t  very moderate sparge rates (e.g. us = 0.30 cm/s for 
R = 2). 

Solids Suspension 

In the design of slurry reactors, the minimum agitation rate for solids 
suspension is of primary interest.3 This minimum agitation rate, determined 
by Eq. (20) based on a polymer particle size of 200 pm, generally ranged from 
300 to  450 rpm for lab and pilot-plant reactors. In this range of agitation 
rates, i t  is anticipated that the solid phase will be poorly suspended, which in 
turn may result in serious inhomogeneity in the liquid. Gas-liquid mass 
transfer would surely be adversely affected. This effect may explain some 
data, reported by Keii et al.,4 showing a very large initial loss in polymeriza- 
tion rate when agitation was reduced to values in this range. From the point 
of view of both gas-liquid and solid-liquid mass transfer, agitation rates of less 
than around 500 rpm are therefore considered inadvisable for kinetic studies. 
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Sufficient agitation rates are especially crucial when the solution viscostiy 
increases substantially as the reaction proceeds. For relatively low solids 
concentrations, such as are observed for low reaction rates in semibatch 
systems, both the solution and slurry viscosities are less than 1 c.P., but as the 
solids concentration is increased, the calculated viscosities increase by an 
order of magnitude or more. A lowering of the tacticity from 90% to 70% can 
also result in an order-of-magnitude increase in the viscosities, to values of 
around 30 c.p. for the slurry viscosity. Chinese workers Furui et al.55 report 
viscosities of the order of 100 c.p. for a polypropylene slurry with & > 34 
wt%. 

Copolymerization 

Having treated gas-liquid mass transfer for homopolymerization of ethylene 
and propylene a t  length, some brief remarks will be made on copolymeriza- 
tion. In liquid-phase copolymerization with a mixed monomer stream, the 
monomer incorporation, and hence the copolymer properties, will depend on 
the relative concentrations of the monomers in the diluent. For this reason, it 
is extremely important to know both the equilibrium concentrations and 
whether gas-liquid mass transfer resistence is present. Table I11 illustrates the 
calculated ratios of propylene to ethylene in the gas phase a t  various 
pressures, for specified mole ratios of the components in the liquid phase 
(heptane). The calculations were performed for MbP/MbE = 0.5, 1, 4, and 10 

TABLE I11 
Gas Phase Compositions for Copolymerization of Ethylene and Propylene in Heptane' 

T = 70°C 
M b P / M b E  = 

P (atm) 2.1 4.8 9.4 19.6 25.1 30.7 

yP/ 'E  1.27 1.29 1.33 1.44 1.52 1.64 
M b P  (mol/L) 0.26 0.68 1.43 3.23 4.31 5.54 

M b P / M b E  = 
P (atm) 2.4 5.5 11.0 16.9 23.1 36.6 

M b P  (mol/L) 0.13 0.34 0.71 1.11 1.56 2.61 
Y P / Y E  0.32 0.32 0.33 0.35 0.36 0.40 

MbP/MbE = 0.5 
P (atm) 2.2 4.9 9.6 20.0 31.6 

M b P  (mol/L) 0.065 0.17 0.35 0.74 1.21 
yP/ 0.159 0.161 0.165 0.175 0.190 

M b P / M b E  = lo 
P (atm) 1.97 3.6 10.5 18.0 21.9 

M b P  (mol/L) 0.33 0.67 2.22 4.11 5.22 
YP/ Y E  3.19 3.22 3.38 3.61 3.78 

P = 10 atm M b P / M b E  = 
T ("C) 30 50 70 90 

M b P  (mol/L) 1.16 0.84 0.64 0.49 
yP/yE 0.260 0.297 0.332 0.367 

Calculated by Benedict-Webb-Rubin equation of state. 
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a t  70°C and MbP/MbE = 1 at 50°C, using the previously described vapor-liquid 
equilibrium program. From the table, i t  can be remarked that as the pressure 
or temperature is increased, the mole fraction of propylene in the gas phase 
required to maintain a constant ratio of propylene to ethylene in the liquid 
increases. However, as an approximation, an equimolar gas phase mixture of 
ethylene and propylene will be in equilibrium with a liquid phase with 
MbP/Mb,  around 3, for typical conditions of polymerization. To obtain a 
liquid phase with M(,p/MbE around 1, the ratio of ethylene to propylene in 
the gas feed ranges from 2.5 to 3. If i t  is desired to have MbP/MbE = 0.5, the 
ratio of ethylene to propylene must be as high as 6. To obtain MbP/MbE = 10, 
on the other hand, the ratio of porpylene to ethylene in the gas needs to be 
only 3 to 4. The above findings can be roughly summarized by the statement 
that the ratio of the Henry's law coefficient ( H  = M,/p)  of propylene to that 
of ethylene is around 3 under normal polymerization conditions. By calcula- 
tions with the vapor-liquid equilibrium program, it was found that to obtain a 
rough estimate of the dissolved monomer concentrations in equilibrium with a 
gas mixture i t  is a good approximation (to within 15%) to use the partial 
pressures of each component in a Henry's law expression 

M q ,  = HiPi 

Because mass transfer resistance affects the monomer incorporation, gas-liquid 
mass transfer resistance for one component is not always harmful, in contrast 
to the case of homopolymerization. In order to estimate the extent of gas-liquid 
mass transfer resistance, one may use Figures 4-7 with the observed reaction 
rate for each component. As pointed out above, the gas-liquid mass transfer 
resistance is relatively insensitive to pressure variations, so this technique is 
quite acceptable. If greater incorporation of the monomer which is undergoing 
mass transfer limitations is desired. the fraction of that monomer in the gas 
phase should be increased. Although the system would still be mass transfer 
limited, the incorporation ratio would change with the ratio of liquid phase 
concentrations. Alternatively, the agitation rate may be increased or the 
catalyst loading reduced to influence copolymer composition. 

CONCLUSIONS 

Correlations for the volumetric mass transfer coefficient (K,a) were incorpo- 
rated into a program which computes the gas-liquid mass transfer resistence 
in olefin polymerization systems. Only Lamont and Scott's correlationz5 for 
unsparged systems was able to be tested against experimental data, but this 
correlation gave satisfactory results. By this correlation, mass transfer resis- 
tance in laboratory or pilot-plant reactors may be predicted with reasonable 
confidence. The results should be of use to researchers in determining loadings 
for catalysts of a given activity level. 

The present study indicates that some gas-liquid mass transfer resistance 
will exist in all laboratory, pilot scale and industrial reactors. The results 
presented in Figures 4-7 should be most useful in estimating these effects in 
laboratory and pilot scale reactors. However, for industrial reactors, uncer- 
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tainties about the physical properties of the high solids concentration slurry 
and the applicability of the correlations derived for two-phase systems mean 
that more detailed studies may be necessary. However, for design of industrial 
slurry reactors, the following rule should be kept in mind: a t  relatively low 
levels of gas-liquid mass transfer resistance, reactor scaleup is straightforward, 
but when gas-liquid mass transfer limiting conditions are encountered, k,a 
must be maintained sufficiently high during ~ c a l e u p . ~  For polymerization of 
olefins, agitation rates of less than 500 rpm are not recommended in labora- 
tory or pilot-plant work. For industrial propylene polymerization reactors, the 
low k,a values which exist make the introduction of the monomer as a liquid 
attractive. For ethylene polymerization reactors, sparging of monomer can 
greatly improve gas-liquid mass transfer. It is recommended to use the 
correlation of Judat to predice k,a in sparged systems. Finally, in copolymeri- 
zation, data have been presented for gas phase concentration as a function of 
liquid molar ratio. As a rough approximation, the ratio of the Henry's law 
coefficient (H = M , / p )  of propylene to that of ethylene is around 3. The 
same methodology used for determining gas-liquid mass transfer resistance for 
homopolymerization can be extended to liquid-phase copolymerization, using 
the figures in the paper as a first approximation. 

APPENDIX 

List of Symbols* 

Interfacial area per unit volume [cm2/cm3] 
Interfacial area in reactor [cm2] 
Concentration of soluble polymer [ g/dL] 
Mean bubble diameter [cm] 
Impeller diameter [cm] 
Mean polymer particle diameter [cm] 
Tank diameter [cm] 
Froude Number = N2D/g 
Acceleration due to gravity [cm/s2] 
Height of liquid in reactor [cm] 
Height of vortex [cm] 
Observed catalyst activity [L/g-cat.h] 
Liquid-side mass transfer coefficient [cm/s] 
Monomer concentration [mol/L] 
Molecular weight of monomer 
Agitation rate [rps] 
Power number = Pusg/pN3D5 
Pressure [atm] 
Total power [erg/s] 
Gassed power [erg/s] 
Ungassed power [erg/s] 
Gas flowrate [cm3/s] 
Reynolds Number = pND2/p 

*Symbols defined and used only once in the text do not appear. 
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Rates of polymerization in absence of gas-liquid mass transfer 
limitations [mol/L.h] and [g-poly/g-cat.h] 
Observed rates of polymerization [mol/L.h] and [g-poly/g-cat.h] 
Schmidt Number = v/D, 
Volume of reactor [cm3] 
Superficial gas velocity [cm/s] 
Catalyst loading [g-cat/L] 
Mol fraction monomer in gas phase [ -1 
Diffusivity of monomer [cm2/s] 
Viscosity [g/cm.s] 
Density [g/cm3] 
Kinematic viscosity [cm2/s] 
Surface tension [dyn/cm] 
Weight fraction polymer in slurry [ -1 
Volume fraction polymer in slyrry [ -1 

Subscripts 

Diluent 
Ethylene 
Equilibrium 
Gas 
Liquid 
Polymer 
Prop y lene 
Slurry 
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Note Added in Proof: 
For propylene in heptane three sources of data were found: Fujii [52], Frank 

[60], and Konobeev and Lyapin [61]. The data of Fujii were fit best with 
M = 2.2, while the data from the other sources were fit best with M = 2.0. 
Comparing the ethylene in heptane data from [52] and [61] to the data of Kay 
[50] revealed that Fujii’s data were less reliable; the data of Lyapin and 
Konobeev were in good agreement with Kay’s data. Thus the propylene 
heptane data were fit with M = 2.0. F’ropylene hexane data from [61] were 
also fit best with M = 2.0. 
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